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Abstract 
 
Particle tracking methods using emitted radiation are attractive for following motion in 
opaque systems such as granular materials. Leading examples are Positron Emission 
Particle Tracking (PEPT) and Radioactive Particle Tracking (RPT). The application of 
such techniques sometimes requires the use of tracer particles which differ in size, 
density and/or shape from the particles of interest. This study investigates the extent to 
which such differences affect the result of the study by using the open source MFIX-
DEM software to model particle motion in the travelling fluidized bed experiments. The 
results are compared with previously reported experimental studies using both PEPT and 
RPT. Consistent numerical results were obtained for both PEPT and RPT tracer particles. 
In determining averaged velocities using such techniques, there is a choice to be made 
between averaging velocities of particles crossing a virtual plane over a period of time 
(the “face-average” approach) or those passing through a defined volume over time (the 
“volume-average” approach). The differences between results obtained with these two 
approaches are shown to be significant in this case, for both computation and experiment. 
 
Keywords: fluidized bed, particle tracking, particle velocity, numerical simulation  
 
 
1. Introduction 
Multiphase reactors are important in many chemical processes. The ability to design and 
operate these reactors safely and efficiently depends, among other factors, on being able 
to characterize and predict their flow patterns.  This requires that there should be accurate 
methods of measuring key hydrodynamic quantities such as phase hold-ups, solids fluxes 
and particle velocities. 
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Gas-solid fluidized beds are subject to complex hydrodynamics, with major challenges to 
measure such quantities as particle velocity and void fraction, due to such factors as the 
opaque and abrasive nature of the solid particles, turbulence, and multiple scales of 
motion and flow structure.  Among the techniques for determining such properties are 
particle tracking procedures, where the trajectory of a single representative and detectable 
tracer particle is followed over prolonged periods of time, long enough that averaging 
yields good estimates of time-average particle velocity and local volume fraction 
occupied by particles (Patience and Chaouki, 1993; Chaouki et al., 1997; Leadbeater et 
al., 2012). 
 
In order to compare and evaluate alternative measurement techniques, a collaborative 
multi-institutional project was undertaken by researchers in Canada, the United Kingdom 
and the U.S.A. to measure important hydrodynamic properties of a unique gas-fluidized 
bed utilizing alternative experimental techniques. In order to compare these experimental 
techniques and, at the same time, generate a unique and comprehensive data base for 
testing the validity of computational and other predictive models, a “travelling fluidized 
bed” was designed and constructed which could operate under identical conditions in 
different laboratories (Dubrawski et al., 2013; Tebianian et al., 2015a, 2015b, 2016a, 
2016b). Each of these laboratories was equipped with special instrumentation, able to 
determine local voidages, particle velocities or both.  Two of the experimental techniques 
deployed involved particle tracking, in one case based on radioactive particle tracking 
(RPT) at the Ecole Polytechnique in Montreal, Canada and, in the other, Positron 
Emission Particle Tracking (PEPT) at the University of Birmingham in the UK. Other 
characterization techniques included Capacitance Tomography, X-ray Tomography and 
several Optical Probe configurations, in addition to pressure measurements and X-ray 
observations. 
 
In general, the different measurement techniques provided qualitative results and trends 
that were consistent across the spectrum of the different experimental methods.  However, 
there were significant quantitative differences among the measurements obtained under 
identical experimental conditions.  One might expect that the two tracking techniques 
would, in particular, give similar results for measurements obtained under identical 
conditions (same equipment, same bed materials, and identical operating conditions.) 
Surprisingly, however, the deviations between the RPT and PEPT results turned out to be 
similar to those among the other techniques.  An obvious possible explanation for this 
finding was that the tracer particles used in the two tracking studies differed, not only 
from each other in terms of density, size, and shape, but also with respect to the bulk 
properties of the sand or FCC particles which made up the fluidized beds whose 
properties were being monitored.  
 
For practical reasons, it is sometimes impossible to find tracer particles which closely 
match the physical properties of the bulk particles in multi-phase flow systems.  One 
objective of this paper is to shed light on the question of whether or not the differences in 
the properties of the tracer particle are sufficient to account for the difference in 
hydrodynamic properties recorded in the travelling fluidized bed.  The results are also 
relevant to the broader question of how similar tracer particles must be to the properties 
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of bulk particles in order to portray the hydrodynamics accurately.  To address these 
questions, Computational fluid dynamic (CFD) simulations were carried out to predict 
how single particles with the properties of the actual tracer particles utilized in the RPT 
and PEPT fluidized bed experiments matched each other and time-average properties of 
the bulk particles for the reported experimental work. 
 
Another issue addressed in this paper is the difference between alternative procedures for 
calculating average velocities of particles in fluidized beds and other complex systems.  
As noted by Tebianian et al. (2015), one option, “face averaging”, is to measure, over a 
time period of sufficient duration to allow statistically sufficient data to be recorded, 
velocities of the tracer particle as it crosses the plane of interest. An alternative method, 
called “volume averaging”, is to determine the average velocities of the tracer particle 
only when it is found to occupy a given volume of interest during each time interval.  
Since slower-moving particles statistically spend longer (or are found with greater 
frequency) in a given volume element than particles whose velocity are higher, the latter 
procedure tends to give significantly lower average particle velocities than the former.  
 
 
2. Modeling Approach  
In this study, the Multiphase Flow with Interphase eXchanges (MFIX) code, freely 
available from the U.S. Department of Energy (DOE), National Energy Technology 
Laboratory (NETL) at https://mfix.netl.doe.gov, was used to predict the motion of the 
bulk and tracer particles. Specifically, the MFIX-DEM solver, which couples an Eulerian 
fluid model for the gas with a Lagrangian discrete element model (DEM) for the solid 
phase, was employed, with the coarse-grain technique adopted for speedup.   
 
2.1 Fluid governing equations  

In MFIX-DEM, the gas phase flow field is computed from the volume-averaged Navier-
Stokes equations, given (Syamlal et al., 1993) by 

⋅ 	 0 
(1) 

⋅ 	 ⋅  
(2) 

where  is the local gas volume fraction,  the gas phase density,  the gas velocity, 
 the gas pressure,  the viscous stress tensor,  the gravitational acceleration, and 
 is a source term that accounts for momentum exchange with the solid particles. The 

inter-phase momentum transfer term on a computational cell can be calculated as 
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where V is the volume of a computational cell and Np is the number of particles counted 

in this cell. Wp is the statistical weight of particles p, 
i is the drag coefficient of particle i 

in this cell. vf(x
i) is the fluid velocity interpolated at particle i, and K is the interpolation 

weight of particle i to cell c.  

The gas density is determined using the ideal gas law.  The viscous stress tensor is 
assumed to obey the general form for a Newtonian fluid: 

2
3

⋅  
(4) 

Note that no turbulence model was enabled since the turbulence is usually suppressed in a 
dense fluidized bed due to the high volume-fraction of solid particles (Elghobashi, 1994, 
2006; van der Hoef et al., 2006; Alobaid and Epple, 2013). 
  
2.2 Equations for particle motion 
For the solid phase, the discrete element method (DEM) was used in which the solid 
motion is tracked by solving Newton’s second law for each individual particle. The inter-
particle collisions were directly resolved using a soft-sphere model based on a linear 
spring-dashpot model which treats collisions as a continuous process taking place over a 
finite time (Cundall and Strack 1979). The contact force was then calculated as a function 
of the distance between colliding particles, based on physically realistic interaction laws, 
and using an empirical linear spring stiffness, a dissipation constant and a friction 
coefficient. The particle–wall interaction was treated in the same way as particle–particle 
collisions. The coupling between gas and solid phases was through the volume fraction 
and interphase interaction, i.e. drag force. The coupled CFD-DEM simulation provides 
particle-scale details on the solid motions and flow structures.  Hence, it is very popular 
for the study of particulate multiphase flows.  
 
The major drawback of CFD-DEM is the high computational cost for tracking each 
individual particle in a large-scale system, usually consisting of billions, or even trillions, 
of small particles. To overcome the expensive computational cost of simulating such 
large numbers of particles, the coarse-grained particle method (Sakai et al. 2014; Lu et al. 
2017) was employed in the current study.  In coarse-grained CFD-DEM, a number of real 
particles are lumped into a numerical parcel to reduce the computational cost. The 
momentum equation for any real particle in a numerical parcel takes the familiar form of 
Newton’s second law of motion: 
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where mp is the mass of the real particle and dp is its diameter. On the right-hand side, the 
forces considered include, in order, gravity, pressure gradient, drag, and contact (Fc) 
forces. The first three of these terms are calculated following the same process as in 
traditional CFD-DEM (i.e. these forces are based on a real particle). The contact force is 
calculated by the discrete element method (DEM) in normal (Fn) and tangential (Ft) 
directions for the large numerical parcel with a diameter of dCGP and a coarse-grain size 
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ratio of n=dCGP/dp. The contact force is then divided by the number of real particles in the 
parcel  
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For the particle rotation, the moment of inertia, I, is calculated by mpdp
2/10, and is n5 

times smaller than the inertia based on the coarse-grained particle. Thus, the torque, T, on 
each real particle is calculated as: 
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where L is the distance from the numerical particle center to the contact point. More 
information on the coarse-grain particle method is available (Lu et al., 2014, 2016). Full 
details on the governing equations, together with the numerical implementation and 
coupling procedure, can also be found (Garg et al., 2012; Li et al., 2012; Xu et al., 2013, 
2014, 2017a, 2017b, 2017c).  
 
As discussed in the next section, it is important in the current study to simulate the full 
particle size distribution (PSD) of the bed material and account for the detailed physical 
properties of the tracer particles. It is straight-forward to incorporate an arbitrary 
distribution of particle properties, like size and density, in DEM simulations. Two 
approaches possible to account for the full PSD in the current coarse-grain DEM 
simulation were implemented, as shown in Figure 1. In the first approach, a constant 
coarse-grain size ratio is used for all the particles, and the shape of the PSD of the coarse-
grained parcels remains identical to that of the original powder, with a shift to the coarser 
side. In the second approach, different statistical weights are used for particles of 
different diameters, and the original poly-disperse powder is scaled to a coarse mono-
disperse system with the same parcel size. Lu et al. (2018) compared these two types of 
coarse-graining methods for a poly-disperse system. The second approach was found to 
be slightly less accurate, but it provided higher computational efficiency compared to the 
first approach, which is more straight-forward.  
 

 
Figure 1. Different coarse-graining strategies for poly-disperse powders (Lu et al. 2018) 
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2.3 Simulation settings  
The travelling fluidized bed apparatus and its auxiliary components, shown in Figure 2(a), 
were designed to be a robust test platform, easily disassembled, transported and 
remounted, ensuring identical geometry and operation in different locations. Key features 
of the equipment include: a cylindrical fluidization vessel consisting of a 0.96 m long × 
0.133 m inner diameter dense bed section, surmounted by a 1.36 m long × 0.190 m inner 
diameter freeboard section, connected by an inclined transition, angled at 30˚ to the 
vertical.  A perforated distributor plate is used to maintain sufficient pressure drop for 
operation at different superficial gas velocities. More details of the equipment are 
provided elsewhere (Dubrawski et al., 2013; Tebianian et al., 2015b). 
 

 
Figure 2. Travelling fluidized bed (TFB): (a) experimental setup; (b) simulation geometry 
 
The computational domain used in the simulation is shown in Fig. 2(b). The MFIX 
Cartesian grid cut-cell technique is used to resolve the geometry, in which a Cartesian 
grid is adopted to discretize the computational domain, while boundary cells are 
truncated to conform to the internal surface of the fluidization column (Dietiker et al., 
2009; Dietiker, 2015). In the simulation, gas flows into the bed from the bottom, with a 
constant gas inlet velocity boundary condition, and leaves from its top, where a constant-
pressure boundary condition is imposed. A no-slip wall boundary condition is used for 
the gas phase.  
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Figure 3. Particle size distribution of sand particles tested in the travelling fluidized bed. 

 

The experimental particulate materials tested were silica sand (Lane Mountain LM50) 
and spent fluid cracking catalyst. These particles traveled with the equipment as a further 
measure towards achieving identical operating conditions at each participating location. 
Only the sand particles, belonging to Geldart group B, were studied in this paper.  The 
experimentally measured particle size distribution (PSD) is shown in Figure 3. The 
Sauter mean diameter (d32) was 0.312 mm and 0.292 mm before and after the 
experiments, and the particle density was 2644 kg/m3, with a minimum fluidization 
velocity of 0.0796 m/s and a terminal settling velocity in air of 0.73 m/s. Experiments 
were conducted using the RPT and PEPT techniques to measure the solid velocity of the 
bulk bed material inside the system. The properties of the tracer particles are provided in 
Table 1, together with the average properties of the bulk sand particles. 
 

Table 1: Key properties of bulk sand particles and tracer particles used in the 
experimental study 

Particles: Sand RPT tracer PEPT tracer 
Density (kg/m3) 2644 2000 3000 
Diameter (mm) 0.312/0.292 (Sauter 

mean) 
0.400 (single 

particle) 
0.300 (single 

particle) 
Shape Irregular Nearly spherical Irregular 
 
As can be seen from Table 1, the tracer particle key physical properties, (density, size and 
shape), differed from those of the bulk sand particles. To take advantage of the two 
approaches shown in Figure 1 for modeling PSD in coarse-grain DEM simulations, 
different tracer particles are simulated with the first approach, i.e., a constant coarse-grain 
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size ratio, but different numerical particle diameters for greater accuracy. On the other 
hand, the full PSD of bulk material is simulated through the second approach, with 
variable coarse-grain size ratio and a constant numerical particle diameter to take 
advantage of the computational efficiency. 
 
Only a single tracer particle was used in both the RPT and PEPT experimental 
measurements. In order to characterize the flow, the experiments must run for long 
periods of time to collect sufficient data points for analysis. The durations of experiments 
for our RPT and PEPT measurements were 8 and 3.5 hours, respectively. Numerical 
simulations covering such long durations are not feasible, due to the resulting high 
computational cost. On the other hand, it is appropriate in the numerical modeling to 
reduce the simulation time greatly by introducing and following many tracer particles, so 
long as these tracer particles constitute only a small fraction of the particles in the bed.  
 
In total, about 3 million numerical particles with their key physical properties 
corresponding to silica sand were tracked, and the particle size distribution was realized 
by varying the coarse-grain size ratio, n. In general, a coarse grain size ratio of 5 was 
used for the majority of coarse-grained particles to represent about 0.4 billion sand 
particles. Considering the slight change in particle size distributions before and after the 
experimental test, the PSD shown in Figure 2 with a mean diameter of 302 m was used 
in the simulation.  Different tracer particles with specific diameters and densities were 
tracked: 1000 numerical particles for each of RPT, PEPT and sand tracer particles. The 
detailed simulation parameters are listed in Table 2. 
 

Table 2:  Parameters used in the numerical simulations 
Parameter or property Value 

Gas density, g (kg/m3) 
1.205 

Gas viscosity, g (Pa.s) 
1.8 × 10-5 

Coarse-grained sand particle diameter, pd
(mm) 

1.51 

Coarse-grained sand particle number, pn
  

3,034,944 

Sand particle density, p  (kg/m3) 
2,644 

Static bed height, Hs (m) 0.82 
Coarse-grained RPT tracer diameter, 

R PTd (mm)  2.0 

RPT tracer number, 
R P TN  1000 

RPT tracer density, 
RPT (kg/m3) 2000 

Coarse-grained PEPT tracer diameter, 
P E P Td (mm)  1.50 

PEPT tracer number, 
PEPTN  1000 

PEPT tracer density, 
P E P T (kg/m3) 3000 

Superficial velocity, (m/s) 0.4, 0.6 
Domain size,  (mm) 200 × 200 × 1600 



 

9 
 

CFD grid size, (mm) 5.0 
CFD time step, (s) 5.0 × 10-5 

 
The simulations were run in hybrid parallel mode by coupling distributed memory 
parallel (DMP) and shared memory parallel (SMP), using message-passing interface 
(MPI) and open multi-processing (OpenMP) on NETL’s supercomputer (Gopalakrishnan 
and Tafti, 2013; Liu et al., 2014).  Simulations of 150 s were conducted.  In post-
processing, the first 10 s were discarded to exclude start-up effects as the flow reached a 
fully developed state in a few seconds.  During the simulations, tracer location and 
velocity were saved at 100 Hz, and flow field variables including gas and solid velocities 
and solid volume fraction in the Eulerian grid were saved at 20 Hz for verification.  
 
3. Modeling Results 
3.1 General flow behavior 
In this study, two different superficial velocities, 0.4 and 0.6 m/s, were simulated.  
Transient results of the bubble behavior, gas volume fraction, gas phase vertical velocity, 
solid phase vertical component of velocity and distribution of particle size in the axial 
direction are shown in Figure 4.  Here, the vertical velocities of both phases are average 
vertical components for each cell. In Figure 4(e), the mean particle size is calculated in 
each CFD grid by averaging all particles in the cell. The results in Figure 4(e) suggest 
that, overall, the different size particles are well mixed inside the system, except for the 
bottom region, immediately above the distributor. Due to less vigorous mixing, and hence 
size segregation in that region, coarse particles tend to accumulate there. It should be 
noted that a uniform velocity is used in the simulation as a boundary condition, without 
resolving the detailed perforated plate distributor employed in the experiments. The 
uniform velocity boundary is usually a reasonable assumption for a distributor plate, as 
long as the pressure drop through it is sufficiently high (Karri and Werther, 2003).  
However, it fails to capture micro-jetting flow immediately above the distributor. Hence, 
the weak particle segregation near the distributor predicted by the numerical simulation 
might not match the experimental behavior accurately.  
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(a)                (b)                 (c)                  (d)                 (e) 

Figure 4. Transient simulation results (a) bubble contour defined with voidage of 0.8; (b) 
voidage; (c) gas velocity (m/s); (d) solid vertical component of velocity (m/s); and (e) 
mean particle diameter (µm) (Vs: solid-phase vertical component of velocity calculated 
by averaging particle velocities in each fluid cell, d32: Sauter mean diameter of particles 
in each fluid cell, Ug=0.40 m/s). 
 
Simple time-average results are shown in Figure 5 based on averaging over a time 
interval of 140 s. Figure 5(a) shows the mean voidage distribution in a vertical central 
slice. The distribution of voidage is realistic compared to the overall bed average of 
0.6~0.7, determined by the different experimental measurements. Detailed comparison 
with the experimental data will be reported in a future study focusing on systematic 
validation. Figures 5(b) and (c) show the mean velocity fields for both gas and solid 
phases. It is evident that the mean velocity field is not very symmetric, even for 140 s of 
simulation. This may be due to the specific fluidization flow regime, involving slowly 
rising slugs. As seen in Figure 5(d), where the overall mean particle size is shown, the 
coarse particles accumulate near the bottom, indicating that size segregation of sand 
particles only takes place near the distributor because of less vigorous mixing there.  For 
most of the system, the cell-average particle diameter is close to the Sauter mean as the 
consequence of good solid mixing. The small mean particle size in the freeboard is 
mainly due to the fact that a zero particle size is assumed when there are no particles 
present in a cell.  The results here justify the success of many previous CFD studies 
modeling fluidized beds which have assumed mono-disperse particles.  
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                                  (a)                (b)               (c)               (d) 
Figure 5. Sliced view of time-average results for a superficial gas velocity of 0.4 m/s: (a) 

time-average gas volume fraction; (b) time-average vertical component of gas velocity 
(m/s); (c) time-average vertical component of particle velocity (m/s); and (d) time-
average distribution of mean particle diameter.  (Ug=0.40 m/s.) 

 
3.2 Face-average and volume-average particle velocities 
In the RPT and PEPT experiments, the trajectory of a single tracer particle was tracked 
for 8 and 3.5 hours, respectively. Two different averages were used when analyzing the 
tracer data, namely a face-average (crossing-based) and a volume-average (volume-
based). In the former case, the vertical component of all velocity vectors of particles 
crossing the measurement level at each time are counted and these values are then 
averaged.  In the second case, the vertical velocity component of particles located inside a 
specified volume are counted within the examined time period, and then averaged.  These 
average values are taken to characterize the bulk flow behavior. In the current simulations, 
both approaches have been utilized to analyze and compare the numerical results. Since it 
is possible to follow the trajectories of all particles in the simulated bed, one thousand 
such virtual trajectories were computed for each of the following three cases: tracers with 
the same properties as the experimental PEPT tracer; tracers with the same properties as 
the RPT tracer; and tracers representing the bulk sand, each within the same 150 s 
simulation time.   
 
A typical tracer particle trajectory is shown in Figure 6 as an example to illustrate the 
face-average and volume-average processing of the data. The face-average of the vertical 
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velocity of the tracer particles is realized by counting the particles crossing the specified 
plane at three levels (0.24, 0.40 and 0.56 m) above the distributor plate. As explained by 
Tebianian et al. (2015a), the face-average method is more direct, evaluating the velocity 
only when the tracer crosses a specific measurement level.  
 
The alternative volume-based analysis, commonly used to determine the solid motion in 
fluidized beds from particle tracking techniques, divides the whole column into a mesh 
consisting of small cells of finite volume and calculates the local time-average velocity 
considering the tracer velocity every time that it is inside a cell of interest during the data 
sampling period.   
 

 
Figure 6. Face-average and volume-average of vertical component of velocity of 1 of 
1000 simulated tracer particles for a superficial gas velocity of 0.4 m/s. 
 
Figure 7 shows radial profiles of the vertical component of time-average particle velocity 
obtained for all three types of tracer particles based on both analysis approaches. In this 
case, volume-averaging was performed by counting all tracer particles in a control 
volume of height Δh=30 mm, centered 0.24 m above the distributor plate. These two 
approaches are the same as adopted in the experiments, and axial-symmetry is assumed, 
as in the experimental work. The data are averaged with a bin width of Δd=10 mm in the 
radial direction. Note that all tracer particles are taken into account for analysis purposes. 
In the experiments, the RPT and PEPT tracers provided different results; whereas, 
simulation predictions for different tracer particles were very similar in the simulations. 
These results indicate that the discrepancy between RPT and PEPT measurements is 
unlikely to be caused by the use of different tracer particles.  
 
On the other hand, there are significant differences between the results obtained by the 
two different data averaging approaches, as can be seen through the average values 
shown in Figure 7. Compared to the face-averaged particle velocity, the magnitude of the 
volume-averaged particle velocity is lower in the central region, and greater near the wall, 
hence showing less variation in the radial direction. A detailed comparison of the 
simulation predictions and the experimental results is presented in the following section. 
The average velocities of the three different types of tracer particles are shown by a 
single dashed line in Figure 7, as differences due to unmatched tracer properties are 
nearly indistinguishable. 
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Figure 7. Comparison of face-average (red, filled symbols) and volume-average (black, 
open symbols) particle velocity predicted by the CFD-DEM simulation model with 
different tracer particles at h=0.24 m for a superficial gas velocity of 0.4 m/s. The 
lines show averages of three different tracers.  (Data are averaged at each radial 
position, with axisymmetric assumption.) 

 
3.3 Verification of tracer technique 
The goal of both the experiments and the CFD-DEM simulations was to study the bulk 
flow behavior through representative tracer particles.  It is important to verify that the 
tracer movements reflect the bulk flow of interest.  To determine whether the velocities 
obtained from the tracer particles are representative of the bulk solid flow, the solid 
velocity field calculated by averaging the velocities of all particles in each computational 
cell, referred to as the Eulerian velocity for the solid phase, is compared with the tracer 

data.  In each computational cell, the Eulerian solid velocity, su , is calculated as 

 ,i
s p i cKu v x x    (8)                              

where i
pv  is the vertical component of the velocity of particle i, and K is the interpolation 

weight of particle i in computational cell c.  The Eulerian solid velocity, together with the 
solid volume fraction, is stored in the numerical grid for analysis of the bulk flow 
behavior.  
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Proper time-averaging of the bulk flow field is needed to compare with the information 
extracted from the experimental tracer data over long periods of time. Three types of 
time-averaging are considered. First simple time-averaging is applied when the flow 
reaches a fully-developed state: 

s sV V    (9) 

The < > brackets indicate simple arithmetic averaging. Here we only focus on the vertical 
component of Vs. It should be noted that this simple time-average requires the velocity 
field at each time; hence it is not applicable to the tracer data, which only provide limited 
coverage of the velocity field at each time. Considering the fact that the likelihood of a 
tracer particle being detected in a small volume is proportional to the local solid 
concentration, the Favre average is also used to calculate the mean solid velocity for 
comparison (Verma et al. 2013; Li et al. 2015). In the simulation, the average vertical 
component of particle velocities in a control volume can be calculated by the Favre 
average, 

s s
s

s

V
V




    (10) 

where Vs and εs  are the vertical component of particle velocity and the solid volume 
fraction, respectively. The simple time average and Favre average would yield the same 
results if the flow were homogenous. However, in most cases they differ due to the 
inherently heterogeneous structures in gas-solid flows, resulting in the local particle 
concentration and particle velocity being correlated (Bi et al., 1996).  
 
To be comparable with the face-average solid velocity from tracer data, the solid flux 
weighted velocity, referred to as face-average bulk flow, is calculated as 

s s s
f

s s

V V
V

V




    (11) 

It should be noted that all calculations are based on the Eulerian solid velocity and solid 
volume fraction, and hence correspond directly to the popular Two-fluid model (TFM) 
simulations, where no individual particle velocities are available. 
 
Figure 8 presents profiles of the vertical component of solid velocity obtained by 
different averaging techniques from the bulk flow, as well as velocity profiles from the 
analysis of numerical tracer particle data. For the bulk flow, the velocity profiles from 
simple time-average and Favre-average are quite different, with the former showing less 
radial variation. The discrepancy is most significant in the central region and moderate 
near the wall. This is consistent with the results from a similar analysis from a two-fluid 
model simulation by Li (2015). The velocity profile derived from the tracer data with 
volume-averaging agrees well with the bulk velocity profile from the Favre-average, 
indicating that the tracer particles used in the simulation are able to follow the bulk flow 
behavior of the system. On the other hand, the flux-weighted mean solid velocity, i.e. 
face-average bulk flow, agrees well with the face-average tracer data, indicating that the 
analyses are consistent. In addition to the mean particle velocity, the solid velocity 
distributions for different types of particles are compared in Figure 9, further confirming 
the consistency between tracer data and bulk flow.  
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Figure 8. Comparison of simulated radial profiles of vertical component of predicted 

particle velocity obtained by different averaging methods at h=0.24 m, with a control 
volume of 30 mm width for the volume average, and with the face average at center of 
control volume (Superficial gas velocity = 0.4 m/s). 
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Figure 9. Comparison of velocity distributions for different particles extracted from a 
4×4×4 cm control volume for the simulation with a superficial gas velocity of 0.4 m/s 

 

 
The results in Figure 8 highlight that the experimental data and numerical results must be 
compared on a consistent basis for validation purposes. Both volume-average and face-
average analyses of tracer data produce meaningful information on the bulk flow field.  
However, the simple time-average of the Eulerian velocity for the solid phase apparently 
cannot be used for comparison with the experimental data from RPT and PEPT 
measurements as no corresponding measurement can be made through these techniques. 
Considering the simplicity in data processing and straight-forward physical meaning, we 
focus in the following analyses on the Favre-average and volume-average tracer data.  
 
For the results presented in Figure 8, the radial profile is obtained by analyzing data in 
cubic control volumes of dimensions of HWΔd, as illustrated in Figure 10. It is of 
interest to see the effect of control volume, as well as the number of tracer particles, on 
the solid velocity profiles. With that, different sizes for the control volume, as 
summarized in Table 3, are utilized for tracer data analyses.  

 
Table 3: Control volume dimensions for tracer data analysis as shown in Figure 10 (unit: 

mm) 

 W H Δd 

Coarse 30 30 10 

Medium 20 20 10 

Fine 10 10 10 
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Figure 10. Control volume for comparing tracer particle and bulk particle flows 

 
Figure 11 compares the velocity profiles from the tracer data using different control 
volumes and tracer counts. In addition, data from different numbers of tracer particles are 
also tested to assess their impact on the velocity profiles. The bulk velocity profile is 
shown for reference. As expected, increasing the size of the control volume and the 
number of tracer particles smoothens the velocity profile, while strong variations tend to 
persist when fewer tracer particles and smaller control volumes are used for analysis. 
Since the number of tracer particles observed in a given volume is directly related to the 
physical time of the experimental tracer tracking, these results highlight the need for 
long-duration experiments for data analysis.   
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Figure 11. Comparison of radial profiles of average velocities with different control 
volumes at h=0.24 m for a superficial gas velocity of 0.4 m/s. 
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3.4 Comparison of simulation and experimental results 
In the experiments, four different approaches, namely optical probe, borescope, RPT and 
PEPT, from leading research groups in three countries were utilized to measure vertical 
components of particle velocity in the travelling fluidized bed.  Different approaches led 
to different results, even under identical operating conditions, as shown in Figures 12 and 
13. The reason for the significant discrepancy is unclear, as the current study tends to rule 
out the hypothesis that for the RPT and PEPT results the spread in data was due to 
differences in tracer properties. Detailed comparison between the simulation and 
experimental results under two different sets of operating conditions are shown. To be 
consistent with the experimental measurements, numerical data are averaged at each 
radial position to obtain a single radial profile. For the RPT and PEPT measurements, the 
volume-average data are compared with the Favre average numerical results. The optical 
probe and borescope measurements are shown for reference purposes only. Overall, the 
simulation results fall in the range of the experimental data and show trends similar to 
those from the experimental measurements.  

 
Figure 12. Radial profiles of time-average solid velocity at h=0.24 m by volume-

averaging, Ug=0.40 m/s.  (Data are averaged at each radial position with axial 
symmetry assumed.)  
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Figure 13. Radial profiles of time-average vertical component of particle velocity at 

h=0.24 m by volume-averaging,  Ug=0.60 m/s.  (Data are averaged at each radial 
position with axial symmetry assumed.) 

 
4. Further Discussion 
The current study suggests that differences in the particle size and density of the tracer 
particles used in the RPT and PEPT experiments, as well as differences in these 
properties from the bulk bed material of the travelling fluidized bed, should yield no 
significant discrepancy between the RPT and PEPT measurements. However, certain 
limitations do exist.  First, the current modeling approach assumes that all bulk and tracer 
particles are spherical.  It is not able to capture the influence of particle shape and surface 
properties among the different tracer particles and the bulk sand particles. Secondly, 
although coarse-grained particle methods have been evaluated in the literature for 
multiple problems on various length and time scales, the applicability of this method to 
study the behavior of individual tracer particles in fluidized beds is unproven. To clarify 
that, a standard DEM simulation without coarse-graining was conducted for a small-scale 
system, i.e. with each numerical particle representing one real particle. Due to the large 
number of particles contained in the traveling fluidized bed, a small-scale pseudo-2D 
system, shown in Figure 14(a), was set up to determine whether the RPT tracer and PEPT 
tracer particles would behave differently from the bulk particles. A thickness of only 10 
mm was used to reduce the number of particles, and a periodic boundary condition was 
imposed in the thickness direction for the front and back domain surfaces. With the 
periodic boundary condition, particles confined by the front and back surfaces were 
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allowed to cross the domain, better mimicking the three-dimensional flow behavior in the 
cylindrical column.    
 
The small-scale system contained about 3 million particles and was simulated for a 
similar superficial gas velocity of 0.40 m/s to match the operating conditions of the 
travelling fluidized bed. The same particle properties as in the travelling fluidized bed 
system were used in the simulation, with different types of tracer particles simulated. For 
all numerical particles, the measured physical properties were used. Similar analysis was 
conducted for the numerical data collected for different tracer particles, as well as the 
bulk flow. Figure 14(b) shows the average particle velocities obtained from different 
types of tracer particles. It can be seen that the results for different types of tracers, i.e., 
bulk sand, RPT tracer and PEPT tracer particles, are very close to each other. The almost 
indistinguishable results for the RPT and PEPT tracer particles confirm the conclusion 
from the coarse-grain DEM simulation. Additional simulations were conducted by 
increasing the particle friction coefficient to account for the effects of particle shape and 
surface properties without explicitly resolving them. Note that the detailed effects of 
irregular particle shape cannot be accurately captured due to the spherical particle 
assumption in the current DEM.  Similar results were obtained, not shown here, with 
almost identical particle velocities extracted from different types of tracer particles.  This 
further confirms that both the RPT and PEPT tracer particles would yield virtually the 
same velocity measurements for the traveling fluidized bed.  
 

 
(a)                                                                       (b) 

Figure 14. Pseudo-2D DEM simulation for verification purposes: (a) simulation set-up 
and snapshot; (b) lateral profiles of vertical component of particle velocity from 
different tracer particles.   
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Having shown that the diameter and density of the tracer particles deployed in the RPT 
and PEPT experiments were very unlikely to be responsible for the differences in 
experimentally measured vertical components of particle velocity, further studies are still 
needed to understand the significant discrepancy between the RPT and PEPT data. We 
feel that factors playing a role might be some combination of the following: 

a) different non-spherical shapes of tracer particles; 
b) differences in surface energies or electrostatic properties of tracer particles; 
c) factors such as relative humidity that were not controlled to be identical and which 

could have played a significant role with respect to electrostatic and van der Waals 
inter-particle forces; 

d) subtle differences in the experimental techniques, such as different sampling rates 
and life-times of the RPT and PEPT tracer particles;  

 
5. Conclusions 
The current study focused on matching tracer particle properties with bulk particle 
properties to characterize the solid flow in a fluidized bed through numerical simulations 
and comparison with experimental results obtained from the travelling fluidized bed. A 
coarse-grained CFD-DEM was utilized to simulate the poly-disperse system inside a 
fluidized bed, with particles lumped into parcels to reduce the simulation time, whilst the 
bulk particle size distributions were maintained. Different types of tracer particles, 
corresponding to previous RPT and PEPT experimental measurements, were simulated to 
help understand the significant discrepancy between these two types of tracer observed 
experimentally. Consistent with the experimental analyses, both face-average and 
volume-average methods were employed in post-processing the numerical tracer data. 
Simulations based on the properties of the two different tracer particles used in the RPT 
and PEPT experiments yielded almost identical results, implying that the discrepancies 
between the RPT and PEPT measurements were probably not caused by differences in 
the physical properties of the tracer particles utilized in the experiments.  
 
The numerical tracer data were further compared with the bulk flow predicted by the 
simulation code. It was found that Favre-averages of the vertical components of bulk 
solid velocities agree well with the volume-averaging of tracer data, and a flux-weighted 
average of bulk flow matched the face-average tracer data well. The study also confirms 
that trajectory-following experimental techniques need to be compared on either a face-
averaged or a volume-averaged basis and that this needs to be clearly stated, since there 
can be substantial differences between the two. Finally, a brief comparison of simulation 
and experimental results under different operating conditions was conducted, with 
reasonable agreement, given the wide dispersion of the experimental data. 
 
Nomenclature 
dp  particle diameter  (m) 
Fc  contact force (N) 
g   gravitational acceleration (m/s2) 
I  unit tensor (-) 
mp  particle mass (kg) 
n          coarse-grain size ratio (-) 
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N         tracer particle number (-) 
Pg  gas pressure (Pa) 
ug   gas phase velocity (m/s) 
V   volume of a computational cell (m3) 
vp  particle velocity (m/s) 
Sp   source term (N/m3) 
T  torque (N.m) 
t   time (s) 
Wp  statistical weight (N) 
 
Greek letters 
ε   void fraction (-) 
ρg   gas phase density (kg/m3) 
τg  gas phase stress tensor (Pa) 
λg  bulk viscosity (Pa.s) 
μg   shear viscosity (Pa.s) 
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